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A generic nonequilibrium cell model for multicomponent separation processes, in-
cluding liquid-phase chemical reactions, was de®eloped. Its important features include
the use of Maxwell-Stefan equations to describe interphase mass transfer and the use of
a multiple cell per stage approach to consider ®arious mixing characteristics of ®apor
and liquid phases. A finite difference approach was used for sol®ing the diffusion-reac-
tion equations in each fluid phase to properly account for effects of reactions on mass
transfer. The multiple cells per stage approach was adopted to take into account the
effect of concentration and temperature profiles on a tray on the local reaction rates.

( )The model was compared to se®eral case studies by Kooijman 1995 . Comparison of
®arious flow models showed only minor differences between Kooijman’s model and the
nonequilibrium cell model. The differences were found only for cases in which the
phases are assumed to be imperfectly mixed and to be caused by different ways of
modeling the interface concentration profiles in ®arious flow models. In addition, some
calculations are described for reacti®e distillation operations described by Okasinski and

( ) ( )Doherty 1998 and Marek 1956 . These examples show that staging in both flow
directions influences o®erall column performance considerably.

Introduction

For over a hundred years, methods and models for calcula-
tion of steady-state stagewise equation processes have been
proposed and used by several generations of engineers. Sorel
Ž .1899 describes a simple steady-state distillation column
based on the assumption that every stage operates at equilib-
rium. The early 1920s saw the development of two graphical

Ž . Žmethods: the Ponchon-Savarit 1921 method and the Mc-
Ž .Cabe-Thiele 1925 method. Ponchon-Savarit methods have

now largely been replaced by computer methods, but the Mc-
Cabe-Thiele method is still used in many chemical engineer-

Correspondence concerning this article should be addressed to R. Taylor.

ing curricula, because it is so illustrative of the concepts of
stagewise separation processes.

With the advent of computers, a large number of methods
was developed for solving Sorel’s equations numerically. An

Ž .excellent review of the field is by Seader 1985 . More power-
ful computers have allowed the development of models of
increasing complexity and accuracy. Sorel’s equations are
based on the assumption that the vapor and liquid flows that
leave a stage are in thermodynamic equilibrium. In actual
columns, however, stages rarely operate at equilibrium. Of-
ten these deviations from equilibrium are accounted for by
the incorporation into the model of efficiency factors. Exten-
sive discussions of the drawbacks encountered when using ef-
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Ž .ficiencies are given by Krishnamurthy and Taylor 1985 and
Ž .by Seader 1989 .

Nonequilibrium modeling
To circumvent many of the problems related to the use of

efficiencies, a nonequilibrium stage model was developed by
Ž .Krishnamurthy and Taylor 1985 . Nonequilibrium models do

not use efficiencies, since mass-transfer rates are calculated
directly from fundamental mass-transfer models. The model

Ž .that was presented by Krishnamurthy and Taylor 1985 con-
sists of a set of mass and energy balances for the vapor and
liquid phases, along with rate equations for the evaluation of
mass- and heat-transfer rates. The assumption of phase equi-
librium is made only at the vapor-liquid interface. The method
proposed by Krishnamurthy and Taylor requires the evalua-
tion of the mass-transfer processes for both phases sepa-
rately. These mass-transfer processes are linked together by
the fact that the mass-transfer rates at the vapor liquid inter-
face should be the same for both phases. This suggests that
one could also write one mass-transfer relation, using an
overall mass-transfer coefficient and the average concentra-
tion gradient between bulk liquid and bulk vapor phase. This
approach is not recommended by Kooijman and Taylor
Ž .1995 , who found cases in which the use of overall mass-
transfer coefficients will result in components moving in the
wrong direction. This is because the use of overall mass-
transfer coefficients is only justified if the partial molar en-

Ž .thalpies are all equal equimolar overflow and if there is no
sensible heat transfer between the two phases.

Ž .An attempt was made by Krishnamurthy and Taylor 1985
to take into account flow patterns on distillation trays by im-
posing particular concentration profiles over the flow path
lengths in both phases. Based on the particular assumed con-
centration profile, an average concentration for both phases
can be calculated. The average mass-transfer rate can then
be evaluated using the binary mass-transfer coefficients and

Ž .the average arithmetic or logarithmic composition differ-
ence. The overall mass-transfer rate is calculated by multiply-
ing the average mass-transfer flux by the interfacial area on

Ž .the stage. Kooijman and Taylor 1995 point out that al-
though the assumption of concentration profiles along the
flow paths might lead to seemingly good results, the method
itself is fundamentally wrong. They went on to develop a
method in which the mass-transfer calculations for both
phases are done independently. Assuming various flow mod-

Žels for vapor and liquid flow plug flow, ideally mixed flow,
.and axially dispersed flow , they derive expressions for the

mass-transfer rates in the various flow types. This method is
more sound than the approach taken by Krishnamurthy and
Taylor, but it still requires one to make some assumptions
that limit the flexibility of the model and, for the liquid plug-
flow model, one is required to specify a correction factor for
the vapor interface concentration.

In recent years, various nonequilibrium models for reactive
Ždistillation have been presented Sundmacher and Hoff-

mann, 1994; Sundmacher, 1995; Kreul et al., 1999, Higler et
.al., 1998, 1999a . All these models use the Maxwell-Stefan

theory for mass transfer, and mainly differ in the way that the
Ž .reaction is implemented. Sundmacher 1995 and Sund-

Ž .macher and Hoffmann 1994 present an extensive study on

the production of MTBE by means of reactive distillation.
The model is used for description of a laboratory-scale col-
umn, and assumes pseudo-homogeneous kinetics. Kreul et al.
Ž .1999 present a model for homogeneous reactive distillation
in a packed column. All of these models are developed for
packed columns, and, therefore, do not consider liquid back-
mixing on distillation trays.

A drawback of nonequilibrium models is that they require
information about the column configuration. This is needed
to calculate model parameters such as the mass- and heat-
transfer coefficients. The latter ones usually are obtained
from semi-empirical correlations. The computed solution of
the model equations, therefore, depends to a certain extent
on the quality of the correlations. Much of the opposition to
nonequilibrium models was, and still is, based on this issue.
Nevertheless, nonequilibrium models are gaining more and
more ground at the expense of the conventional equilibrium

Žstage models see, for example, Kreul et al., 1999; Higler et
.al., 1998, 1999a,b; Lee and Dudukovic, 1999 . Taylor et al.

Ž .1992 state that nonequilibrium models are particularly use-
Ž . Ž .ful for modeling operations 1 in packed columns; 2 involv-
Ž .ing strongly nonideal systems, 3 involving systems with trace

Ž .components 4 in columns with profiles that exhibit maxima
Ž .or minima, and 5 where efficiencies are unknown.

For systems with chemical reactions, residence time distri-
bution will be important, as well as a proper description of
mass transfer. The reaction rates and chemical equilibrium
constants are dependent on the local concentrations and
temperature and may, therefore, vary along the flow path of
liquid on a tray. In addition, if the reaction is fast enough,
there will be an interaction between mass transfer and reac-
tion. This cannot be described correctly when using the

Ž .method proposed by Kooijman and Taylor 1995 .

Flow on distillation trays
It has long been recognized that liquid staging results in

improved performance of a distillation tray. Because a liquid
is never perfectly mixed on a distillation tray, concentration
profiles along the liquid flow path will arise in the liquid phase
under the influence of mass transfer. If there is no horizontal
vapor mixing, this will cause concentration profiles in the va-
por flow leaving the stage. Consequently, the overall tray effi-

Žciency will be higher than the Murphree Point efficiency see
. Ž .Lockett, 1986 . Lewis 1936 derived an expression for the

maximum achievable tray efficiency as a function of the point
efficiency, assuming there is no liquid backmixing. In reality,
the tray efficiency will fall short of the maximum achievable
efficiency due to various nonidealities in the flow pattern.
These may be caused by liquid backmixing, horizontal vapor
mixing, nonuniform liquid flow across the tray, nonuniform
vapor flow through the tray, and entrainment and weeping.
This article is focused on the first point, although the out-
lined methodology allows for studying of all of these issues.

Liquid backmixing occurs mainly due to two mechanisms:
Turbulence in the liquid continuous region, and motion of

Žliquid droplets in the vapor continuous region Bennett and
.Grimm, 1991 . A first study on liquid backmixing on distilla-

Ž .tion trays was presented by Kirschbaum 1948 , who com-
pares flow on a distillation tray to flow through a cascade of
perfectly mixed pools of liquid. Gautreaux and O’Connell
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Ž .1955 used the liquid mixing pool concept to derive an ex-
pression relating the point efficiency to the plate efficiency.

Ž .Wijn 1996 used a cell model to study the influence of down-
Ž .comer layout patterns on the tray efficiency. Alejski 1991

presented an equilibrium stage model, in which the liquid
phase is split up in a number of equilibrium cells along the
liquid flow path to account for backmixing in a reactive distil-
lation column. Point efficiencies were used to take into ac-
count mass transfer in the equilibrium cells.

In all of the above studies a liquid mixing pool concept is
used to determine the effect of staging in the liquid flow di-
rection. Quantification of backmixing usually is done by

Žmeans of eddy diffusion models such as Bennett and Grimm,
1991; Raper et al., 1984; Barker and Self, 1962; Sohlo and

.Kinnunen, 1977 . These models assume that the axial spread-
Ž .ing of a tracer in the liquid flow z direction on a distillation

tray can be described by

1 ­ 2 x ­ x
y s0 1Ž .2Pe ­ z­ z

in which x is the mole fraction of the tracer and z is the
axial coordinate. The Peclet number Pe is given by

uL? l
Pes 2Ž .

De

D is the eddy diffusion coefficient, l is the flow path lengthe
Ž . L Ž y1.m , and u is the superficial liquid velocity m ? s on a
stage. Important limitations of the eddy diffusivity model are
that it only applies to isotropic liquid flow, and, therefore,
that it cannot be used for description of circulation patterns
at, for instance, the column wall or the outlet weir. A sum-
mary of estimation methods for the axial dispersion coeffi-

Ž .cient is given by Lockett 1986 and Bennett and Grimm
Ž .1991 . Most of these methods are curve fits to experimental
data in which a functional dependence is assumed with re-
spect to parameters such as the vapor and liquid flows and

Ž .the liquid holdup. The method of Bennett and Grimm 1991
is based on a drop trajectory model.

The Peclet number for the axially dispersed flow model
can be related to a number of well-mixed liquid pools in the
liquid flow direction N by the following equation

1 2 2
w xs y 1yexp y Pe 3Ž . Ž .2N Pe Pe

Model Formulation
In this article a nonequilibrium mixing pool concept will be

used to describe the mass transferrreactionrflow problem.
The two-phase mixture on a tray is split up in a number of
contacting cells, for each of which mass and energy balances
can be written, along with mass-transfer rate equations. A

Ž .representation side view of a general stage j is given in Fig-
ure 1. Stage numbering in a column is from top to bottom.
ŽFigure 1 also serves as an introduction to the notation used

. S S Ž y1.in this article. L and V mol ? s represent the liquid andj j

Figure 1. Model stage.

vapor molar flow rates from stage j, respectively. The mole
fractions of component i in the liquid and vapor streams are

LS VS Ž y1.denoted by x and y , and H and H J ?mol repre-i, j i, j j j
sent the enthalpies of the liquid and vapor streams leaving
stage j. T LS and T VS are the temperatures of the streamsj j
leaving stage j. f VS is the vapor feed rate of component ii, jq1
to stage jq1, and f LS is the liquid feed rate of component ii, j
to stage j. QVS and Q LS are external heat duties that may bej j
specified to either phase of stage j. The cell numbering is
also illustrated in Figure 1. nV is the number of cells in a
vapor flow path, and nL is the number of cells in a liquid
flow path. Cell numbering is from left to right and from bot-
tom to top. The stage equations will be treated first and, sub-
sequently, the equations for each cell.

Stage equations
The overall mass balances for each stage, for the liquid

and vapor phase, are given by

nV

L S C LS
L1q r ? L y L y F s0 4Ž .Ž . Ýj j Žn ,k . j

k s1

n L

V S C VS
V1q r ?V y V y F s0 5Ž .Ž . Ýj j Žk ,n . jq1

k s1

Here rV and r L are the vapor and liquid sidestream ratios.j j
These are nonzero only if a sidestream is specified to stage j.

C Ž y1.VV is the vapor flow mol ? s coming from the k th cellŽk ,n .
in the top row of cells in the nonequilibrium stage, and L L

C
Žn ,k .

Ž y1.is the liquid flow rate mol ? s from the kth cell in the last
Ž .column of cells in the nonequilibrium stage see Figure 1 .

L V ŽF and F are the overall liquid and vapor feed rates molj jq1
y1.? s to stage j and jq1, respectively. The vapor feed to

stage jq1 is added to stage j, as it is assumed that the vapor
fraction of a feed goes up instantly and does not interfere
with the tray below.
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The stage component balance equations for the liquid and
vapor phase are given by

nV

L S S C C LS
L L1q r ? x ? L y x ? L y f s0 6Ž .Ž . Ýj i , j j i ,Žn ,k . Žn ,k . i , j

k s1

n L

V S S C C VS
V V1q r ? y ?V y y ?V y f s0 7Ž .Ž . Ýj i , j j i ,Žk ,n . Žk ,n . i , jq1

k s1

x L
C and y V

C are the liquid- and vapor-phase molei, Žn , k . i, Žk , n .
VS Ž y1.fractions leaving cell k. f is the vapor feed rate mol ? si, jq1

of component i to stage jq1 and f LS is the liquid feed ratei, j
Ž y1.mol ? s of component i to stage j. The stage energy bal-
ances are given by

nV

L LS S LC C LS FL LS
L L1y r ? H ? L y H ? L y F H qQ s0Ž . Ýj j j Žn ,k . Žn ,k . j j j

k s1

8Ž .

n L

V VS S VC C FV V
V V1q r ? H ?V y H ?V y H FŽ . Ýj j j Žk ,n . Žk ,n . jq1 jq1

k s1

qQVSs0 9Ž .j

LC VC Ž y1.L VH and H are the enthalpies J ? mol of theŽn , k . Žk , n .
streams leaving the appropriate cells on the stage. H FV isjq1

Ž y1.the vapor-phase enthalpy J ?mol of the feed to stage jq1,
FL Ž y1.and H is the enthalpy J ?mol of the liquid feed to stagej

j. The stage equations are completed by the stage hydraulic
equation

p y p y D p s0 10Ž .Ž .j jy1 jy1

Ž .where p and p are the stage pressures Pa on stages jj jy1
and jy1, respectively. D p is the pressure drop per trayjy1
from stage jy1 to stage j. The pressures in all cells on a
stage are assumed to be equal to the stage pressure. The
pressure drop over the stage is considered to be a function of
the stage flows, the fluid properties, and the equipment lay-
out parameters.

Cell equations
A representation of a contacting cell is given in Figure 2. It

is assumed that the bulk of both vapor and liquid are per-
fectly mixed and that the resistances to mass transfer are lo-
cated in two films at the vaporrliquid interface. Figure 2 also
serves to introduce the notation used for the cell equations.
LC and V C are the liquid and vapor flow rates from cellŽk , m. Žk , m.
Ž . C Ck, m . x and y are the compositions of the liquidi, Žk , m. i, Žk , m.
and vapor streams leaving the cell, and T LC and T VC areŽk , m. Žk , m.

Ž .the vapor and liquid temperatures K . The enthalpies of the
vapor and liquid streams leaving the cell are denoted by H VC

Žk , m.
LC Ž y1.and H . NN represents the mass-transfer rate mol ? s ,Žk , m.

Ž y1.and EE the energy transfer rate J ? s .
f LC and f VC are the liquid and vapor feed rates ofi, Žk , m. i, Žk , m.

Ž . FL FVcomponent i to cell k, m . H and H are the feedŽk , m. Žk , m.

Figure 2. Nonequilibrium cell.

enthalpies for the liquid and vapor phases, respectively. Q LC
Žk , m.

VC Ž y1.and Q are external heat duties J ? s that may be spec-Žk , m.
ified to the cell.

A few remarks need to be made here with respect to the
feed streams and heat duties. In the presented model, one
has the option to specify the feeds to either the cells or the
stage under consideration. In a real column, feeds are sup-
plied to a column between two stages, in such a way, that the
liquid part of the feed is preferably equally distributed over
the tray. The vapor fraction of the feed goes up instantly and
does not normally interfere with the tray below. Thus, in most
cases, the vapor feed stream should be added to the stage
flow leaving the feed stage. This means the the vapor feeds
will normally be treated in Eqs. 5, 7 and 9, rather than in cell
Eqs. 12, 16 and 18. Since the liquid is normally distributed
over the stage, the liquid will enter the cells directly, and the
feed flows should be added to the cell Eqs. 11, 15, and 17,
rather than Eqs. 4, 6 and 8. However, all this depends on the
configuration used.

Similar considerations apply to the heat duties. Depending
on the configuration used, they may be specified for individ-
ual cells or to the streams leaving the stages.

Ž .The total mole mass balances for the liquid phase and
vapor phase in the contracting cell are given by

LC y LC y F LC y NN L
Žk , m. Žky1, m. Žk , m. t ,Žk , m.

r c

q n R e s0 11Ž .Ý Ý i , l l ,Žk , m. Žk , m.ž /
l s1 is1

V C yV C y F VC q NNV s0 12Ž .Žk , m. Žk , my1. Žk , m. t ,Žk , m.

F LC and F VC represent the total liquid and vapor feedŽk , m. Žk , m.
Ž . L Vstream to cell k, m . NN and NN are the totalt, Žk , m. t, Žk , m.

mass-transfer rates in vapor and liquid phase. The total
mass-transfer rates are obtained by summing up over the in-
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dividual component mass-transfer rates

c
L LNN s NN 13Ž .Ýt ,Žk , m. iŽk , m.

is1

c
V VNN s NN 14Ž .Ýt ,Žk , m. i ,Žk , m.

is1

Ž y3 y1.R represents the reaction rate mol ?m ? s of reac-l, Žk , m.
Ž .tion l in cell k, m . n is the stoichiometric coefficient ofi, l

component i in reaction l. e is a specific reaction volumeŽk , m.
Ž 3.m . For homogeneous reactions, this is the total liquid in-
ventory in the cell. For heterogeneous reactions, it is the to-
tal catalyst volume present in the cell. Stage number indices
have been dropped here for clarity.

The conservation equations for each component in both
phases are given by

LC ? xC y LC ? xC y f LC y NN L
Žk , m. iŽk , m. Žky1, m. i ,Žky1, m. i ,Žk , m. i ,Žk , m.

r

q n R e s0 15Ž .Ý i , l l ,Žk , m. Žk , m.
l s1

V C ? yC yV C ? yC y f VC q NNV s0Žk , m. i ,Žk , m. Žk , my1. i ,Žk , my1. i ,Žk , m. i ,Žk , m.

16Ž .

Indexing is for a general cell. However, not all cells receive a
flow from a previous cell: The cells in the column on the
lefthand side of Figure 1 receive their liquid feed from the
stage above. The liquid flow to these cells is therefore the
stage flow from the stage above multiplied by a splitting fac-
tor. For simplicity, we choose this splitting factor to be the
1rnV. Similar considerations apply to the bottom row of cells
with respect to the vapor flow rate. Here the splitting factor
is taken to be 1rnL.

The energy conservation equations for both phases in cell
Ž .k, m are given by

LC ? H LC y LC ? H LC y F LC H FL qQ LC
Žk , m. Žk , m. Žky1, m. Žky1, m. Žk , m. Žk , m. Žm ,k .

y EE L s0 17Ž .Žk , m.

V C ? H VC yV C ? H VC y F VC H FV qQVC
Žk , m. Žk , m. Žk , my1. Žk , my1. Žk , m. Žk , m. Žm ,k .

q EEV s0 18Ž .Žk , m.

EE L and EEV are the liquid and vapor phase energyŽk , m. Žk , m.
transfer rates, respectively. These should be the same for both
phases. An extra reaction term is not required in the energy
balances, because this is directly accounted for by the individ-
ual component enthalpies.

Transport relations
The mass-transfer rates in the above conservation equa-

tions are calculated by means of the Maxwell-Stefan theory
Žsee Krishna and Wesselingh, 1997; Taylor and Krishna,

.1993 . The Maxwell-Stefan equations for the liquid and vapor
phase, respectively, are given by Eqs. 19 and 20. Cell and

stage indices have been dropped for clarity

L c L Lx NN y x NNx ­m i j j ii i
s 19Ž .Ý L LRRT ­h c k at i , jjs1

V c V Vy NN y y NNy ­m i j j ii i
s 20Ž .Ý V VRRT ­h c k at i , jjs1

Ž y1 y1.where RR is the gas constant J ?mol ?K m is the chemi-i
Ž y1.cal potential J ?mol of species i, h is a dimensionless film
L Žcoordinate, c is the total liquid phase concentration mol ?t

y3. V Žm and c is the total vapor-phase concentration mol ?t
y3. L Vm . k a and k a are the liquid- and vapor-phase volu-i, k i, j

metric mass-transfer coefficients, respectively. Only cy1 of
these equations are independent. The mole fraction of the
cth component is obtained by the summation equations for
both phases

c

x y1s0 21Ž .Ý i
is1

c

y y1s0 22Ž .Ý i
is1

In addition, for a homogeneous system, the mass-transfer
rates in the liquid mass-transfer film may change due to the
chemical reaction

L r­NNi Ls a?d n R 23Ž .Ý i , l l­h l s1

For most systems in reactive distillation, this term is fairly
small. For systems with low Hatta numbers, this term will not
be very important. However, it will not always be clear in
advance in which regime a stage will be operating, and this
may even vary from stage to stage.

Ž .In their article Krishnamurthy and Taylor 1985 , and later
Ž .Kooijman 1995 , rewrite the generalized Maxwell-Stefan

Ž .GMS equations into an expression for a mass-transfer coef-
ficient multiplied by a driving force to obtain an expression
for the mass-transfer rate directly. However, this is not usu-
ally possible in systems with liquid film reactions. Equations
19 and 23 form a system of highly nonlinear coupled differen-
tial equations that cannot be solved analytically in general,
and we will have to rely on numerical techniques. Since con-
centration gradients within the diffusion layers on either side
of the vapor-liquid interface in distillation operations are not
usually steep, a finite difference approximation can be used
with a reasonably small number of grid points, so that calcu-
lation cost should not become too much of a problem. For
fast reactions, the use of more grid points is advisable.

Finite differencing the Maxwell-Stefan equations is done
by dividing the mass-transfer film in discrete steps by means
of a number of grid points. The differential terms from Eq.
19 and Eq. 20 are approximated by

cy1 x y xx ­m Ž . Ž .j ji i n ny1s G 24Ž .Ž .Ý i , j nž /RRT ­h Dhn js1
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in which

­ ln gŽ .i
G sd q x ? 25Ž .i , j i , j i ž /­ x j T , P , x ,k / js1 . . . ny1k

Central difference approximations should not be used here,
since they have a tendency to generate zigzag-profiles. Using
the above discretization scheme does not generate these
problems, but results in the introduction of a numerical diffu-
sion term. However, since in all but some very rare cases the
concentration profiles will be nearly linear, this term is not
expected to have that much of an impact.

The energy transfer rates consist of convective and conduc-
tive contributions. For the liquid and vapor phases

L c­ T
L L L LEE sy h ? a ? q NN HH 26Ž .Ýk i i­h is1

V c­ T
V V V VEE sy h ? a ? q NN H 27Ž .Ý i i­h is1

L V Ž y1Here h and h are the heat-transfer coefficients J ?K ?
y2 y1.m ? s for liquid and vapor phase. Derivatives in the en-

ergy transfer equations are in the calculation replaced by
central difference approximations.

Interface equations
We assume physical equilibrium at the vapor liquid inter-

face. For each component, we have

y Iy K x Is0 28Ž .i i i

Here y I is the vapor-phase composition at the interface andi
x I is the liquid-phase composition at the interface. K is thei i
vapor-liquid equilibrium ratio for component i and is a func-

Ž I .tion of interface temperature T and concentrations and
Ž .the stage pressure pj

K s K x I, y I,T I, p 29Ž .Ž .i i i i j

In addition, it is necessary that all the mole fractions should

Figure 3. Cell description of various flow models.

sum up to one for both phases

c
Ix y1s0 30Ž .Ý i

is1

c
Iy y1s0 31Ž .Ý i

is1

From a mass and energy balance over the interface, it follows
that the mass and energy transfer rates through the interface
should be continuous, which leads to the following equations

L < V <NN s NN 32Ž .I Ii i

For the energy transfer rate

L < V <EE s EE 33Ž .I I

This equation plays a very important role in determining the
mass-transfer rates. The Maxwell-Stefan equations by them-
selves are floating equations. They relate the driving force for
mass transfer of a component to the frictional drag between
different species. Equation 33 is, therefore, required to tie
down these relative velocities. This equation is commonly re-

Žferred to as the bootstrap condition Krishna and Wessel-
.ingh, 1997; Taylor and Krishna, 1993 .

Flow models
Although, in principle, it is possible to describe almost any

kind of flow pattern using exotic cell layout and connection
patterns, this article is focused on the influence of vapor and
liquid backmixing on distillation trays. The limiting cases that
will be considered are illustrated in Figure 3. The simplest,
shown on the left of the figure, has both vapor and liquid
phases perfectly mixed. In this case the cell description is
superfluous, since the stage and cell flows will be the same.
This case is, however, not representative of the true flow pat-
terns on a tray. There is general agreement on the assump-
tion that vapor rises in plug flow through the layer of liquid
on a stage. In addition it is often assumed that the liquid is
well mixed in vertical direction due to the vapor jets and bub-
bles. The liquid phase may be assumed to be completely well
mixed for trays with short flow paths, however, significant
staging is to be expected for longer flow path lengths.

The first of these cases in which the vapor rises in plug
flow through an ideally mixed pool of liquid is illustrated in
the middle of Figure 3. Vertical mixing is established by addi-
tional liquid mixing flows, denoted by LM and represented by
the broad arrows. The flow rates of all the mixing streams are
assumed to be equal. In the third case, shown on the right-
hand side of Figure 3, staging in the liquid flow direction is
taken into account by specifying multiple columns of cells.
The number of cells needed to model realistic flow patterns
may be derived from literature correlations for axial disper-

Ž .sion coefficients see Lockett, 1986 and Eq. 3. The cell com-
ponent and enthalpy balances will have to be adjusted to ac-
count for the mixing flows.

Because the liquid mixing streams for all cells are assumed
to be equal, the overall liquid-phase mass balance for a cell
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will not change. The modified liquid-phase component bal-
ance for an arbitrary cell is given by

LC ? xC y LC ? xC y f LC y NN L
Žk , m. i ,Žk , m. Žky1, m. i ,Žky1, m. i , Žk , m. i ,Žk , m.

r
Mq n R e q LÝ i , l l ,Žk , m. Žk , m.

ls1

? 2 xC y xC y xC s0 34Ž .Ž .i ,Žk , m. i ,Žk , my1. i ,Žk , mq1.

Here xC and xC are the liquid-phase composi-i, Žk , mq1. i, Žk , my1.
tions in the cells above and below the cell under considera-
tion. LM is the liquid mixing flow rate. This equation differs
slightly for the top and bottom cells in a column. The cells in
the top row of a stage have liquid exchange only with the
cells below. The bottom cells only mix with the cells directly
above.

The liquid-phase energy balance for a cell with mixing flows
is given by

LC ? H LC y LC ? H LC y F LC H FL qQ LC
Žk , m. Žk , m. Žky1, m. Žky1, m. Žk , m. Žk , m. Žm ,k .

y EE L q LM? 2 H LC y H LC y H CL s0 35Ž .Ž .Žk , m. Žk , m. Žk , my1. Žk , mq1.

The liquid mixing flow has to be large enough to ensure
ideal liquid mixing in the vertical direction.

Ž .Kooijman 1995 derives and uses an analytical approxima-
tion for the mass-transfer rates for this model, but he as-
sumes the vapor interface concentration and the matrix of
vapor-phase mass-transfer coefficients to be constant over the
froth height. This assumption is legitimate only if the resist-
ance to mass transfer is assumed to be confined entirely to
the vapor phase and the liquid phase is well mixed. For the
liquid flow model, Kooijman corrects the vapor interface con-
centration because it is not justifiable to assume a constant
vapor interface concentration everywhere on the tray. The
changes in interface mole fractions are related to the average
liquid mole fraction differences over the mass-transfer film
on the tray and at the outlet. The correction factor was cho-
sen by matching numerical calculations to experimental data.
These assumptions are not made in the cell model, since
mass-transfer coefficients and interface concentrations are
calculated for each cell independently.

Reboiler and condenser
The reboiler and condenser will be modeled as equilibrium

stages. For each equilibrium stage, the total mass balance is
given by

r c
S S S SL y L qV yV y F q n R ?e s0 36Ž .Ý Ýj jy1 j jq1 j i , l l , j jž /

l s1 is1

The individual component balances are given by

LS? x S y LS ? x S qV S? y S yV S ? y S y fj i , j jy1 i , jy1 j i , j jq1 i , jq1 i , j

r

q n ? R ?e s0 37Ž .Ý i ,m m , j j
ms1

The overall energy balance of an equilibrium stage is given
by

LS? H LSy LS ? H LS qV S? H VSyV S ? H VS
j j jy1 jy1 j j jq1 jq1

y H F? F qQ s0 38Ž .j j

In addition, phase equilibrium is assumed between the two
bulk phases

y S y K x S s0 39Ž .i , j i , j i , j

The mole fractions of both phases should sum up to 1. These
summation equations may be combined to give

c c
S Sx y y s0 40Ž .Ý Ýi , j i , j

is1 is1

The pressure in the reboiler may be calculated from

p y p y D p s0 41Ž .Ž .j jy1 jy1

The pressure of the condenser has to be specified

p y p s0 42Ž .1 spec

Model System
Variables

The variables for each nonequilibrium stage are listed in
Ž .Table 1. The total number of stage variables is 2 ? cq5 . The

Ž Ž .total number of cell variables per cell 6 ? cq5q n ? 2 ? cq11

Table 1. Variables for a Nonequilibrium Stage

For the Flow from each Stage
S SFlow rates L and V 2j j
S SCompositions x and y 2 ? ci, j i, j
LS V STemperatures T and T 2j j

Stage pressure p 1j

For the Bulk of each Cell
C CCell flow rates L and V 2Žk , m. Žk ,m.
C CCompositions of cells x and y 2 ? ci, Žk , m. i,Žk ,m.
LC V CTemperatures of cells T and T 2Žk ,m. Žk ,m.
CMass transfer rates NN ci,Žk ,m.

For the Liquid Film n Discretization Points1
CComposition x c ? ni,Žk ,m. 1

Mass transfer rates NN c ? niŽk ,m. 1
CTemperatures T nŽk ,m. 1

For the Vapor Film, n Discretization Points2
CComposition y c ? niŽk ,m. 2
CTemperature T nŽk ,m. 2

For the Interface
IC ICComposition x and y 2 ? ci,Žk ,m. i,Žk ,m.

Mass transfer rates NN ci,Žk ,m.
CTemperature T nŽk ,m. 2
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Table 2. Variables for an Equilibrium Stage
S SStage flows L and V 2j j
S SCompositions x and y 2ci, j i, j
STemperatures T 1j

Stage pressure p 1j

Heat duty Q 1j

Ž ..q n ? cq1 . For the simplest system, when just using one2
cell per stage and just one discretization point in both mass-

Ž .transfer films, there are 11 ? cq12 variables per stage. The
Ž .reboiler and condenser if present are modeled as equilib-

rium stages. The variables on the equilibrium stages are sum-
marized in Table 2. For each equilibrium stage, there are
Ž .2 ? cq5 variables per stage.

Equations
The equations to be solved for each nonequilibrium stage

Ž .are listed in Table 3. For each stage, we have 2 ? cq5 equa-
w Ž .tions, and for each cell we have 6 ? cq5q n ? 2 ? cq1 q n ?1 2

Ž .xcq1 equations. The equations for the reboiler and con-
denser are listed in Table 4. For each equilibrium stage there
are 2cq4 equations.

Degrees of freedom analysis
The total number of variables and equations for a c com-

ponent system in a column of n stages, n cells per stage,s c
using n discretization points in the liquid film, and n dis-1 2

Ž Žcretization points in the vapor film is: n ? 2 ? cq5q n ? 6 ? cs c
Ž . Ž ...q5q n ? 2 ? cq1 q n ? cq1 .1 2

For the condenser and the reboiler, there are 2 ? cq5 vari-
ables and 2 ? cq4 equations, resulting in one degree of free-

Table 3. Equations for a Nonequilibrium Stage

For Each Stage

Total mass conservation eqs. Eqs. 4 and 5 2
Component conservation eqs. Eqs. 6 and 7 2 ? c
Total energy conservation eqs. Eqs. 8 and 9 2
Hydraulic equation Eq. 10 1

For Each Cell

Total mass conservation eqs. Eqs. 11 and 12 2
Total component conservation eqs. Eqs. 15 and 16 2 ? c
Total energy conservation eqs. Eqs. 17 and 18 2

For the Liquid Transfer Film
Ž . Ž .Mass-transfer correlations Eq. 19 cy1 ? n q11

Summation eqs. Eq. 21 n1
Ž .Species conservation eqs. Eq. 23 c ? n q11

Energy transfer eqs. Eq. 26 n1

For the Vapor Transfer Film
Ž . Ž .Mass-transfer correlations Eq. 20 cy1 ? n q12

Summation eqs. Eq. 22 n2

Energy transfer eqs. Eq. 27 n2

For the Interface

Interface equilibrium eqs. Eq. 28 c
Interface summation eqs. Eqs. 30 and 31 2
Bootstrap eq. Eq. 33 1

Table 4. Equations for an Equilibrium Stage

Total mass conservation eq. Eq. 36 1
Total component conservation eq. Eq. 37 c
Total energy conservation eq. Eq. 38 1
Equilibrium eqs. Eq. 39 c
Summation eq. Eq. 40 1
Pressure eq. Eq. 41 or 42 1

dom for each such stage. The energy balance is replaced by a
specification equation on, for example, the reflux ratio, the
bottom product flow rate, and so on.

The additional specifications required for a complete col-
umn simulation with the new nonequilibrium model are de-
tailed below.

Configuration. The configuration of the column needs to
be fixed. This requires specification of the number of trays,

Ž . Ž .reboiler type if any , condenser type if any , and the num-
ber of feeds and their locations with the number and location

Ž .of any sidestreams and the external heat duties if any .
Pressure Model and Condenser Pressure. The condenser

pressure has to be specified. In addition it is common prac-
tice to give an independent specification for the pressure of
the top stage, as, depending on the design, the top stage
pressure may be very different from the condenser pressure.
Furthermore, a pressure drop model for the nonequilibrium
stages is required. Possible options are:
Ž .1 Zero pressure drop. All stages in the column operate

at the specified top stage pressure.
Ž .2 Fixed pressure drop. The stage pressure drop is speci-

fied. The stage pressure is evaluated using Eq. 10.
Ž .3 Fixed Bottom pressure. With the top and bottom pres-

sures fixed, the pressures on all other stages are evaluated by
means of interpolation.
Ž .4 Estimated pressure drop. A value for the pressure drop

is estimated from a semiempirical correlation.
For bubble cap trays, the correlation due to Bolles and

Ž .Smith 1963 is used; for sieve trays, the correlation due to
Ž .Bennett et al. 1983 is used. The stage pressure is evaluated

using Eq. 10.
Feeds. Specification of the flow rate, composition, and

thermodynamic state of each feed is required. The latter can
be determined after specification of any two of the following
three parameters: temperature, pressure, and vapor fraction.

Thermodynamic Models and Physical Properties. Specifica-
tion of a thermodynamic model is required for the calcula-
tion of, among other things, vapor-liquid equilibrium ratios,
reaction rates, enthalpies, and chemical potential gradients.
In addition, a nonequilibrium model requires information
about physical properties, such as surface tension, density and
heat capacity, for evaluation of parameters such as the mass-
transfer coefficients, pressure drops, and interfacial areas. A
more complete listing of the available property models can

Ž .be found in Taylor et al. 1994 .
Design. Some of the quantities appearing in the equations

given above depend on the internals design and configuration
Žpressure drop, vapor-liquid interfacial area, reaction vol-

.ume, and mass- and heat-transfer coefficients . This in-
evitable link between design and model equations is dis-

Ž .cussed extensively by Taylor et al. 1994 , and they point out
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that the nonequilibrium model can only be used for an exist-
ing column. To alleviate this problem, they proposed an inte-
gration of a design procedure together with the model equa-
tions. During the calculations, a design is evaluated based on
calculated liquid and vapor flows and physical properties. The
same approach is adopted in our model. For more details

Ž .about the design mode, see Taylor et al. 1994 and Kooijman
Ž .1995 . At the very least, one is required to specify the inter-
nals type, although specification of detailed designs remains
a possibility.

Mass- and Heat-Transfer Model. The binary pair mass-
transfer coefficients are calculated from empirical correla-

Ž .tions Taylor and Krishna, 1993 . In the calculations pre-
Ž .sented in this article, the AIChE 1958 correlation was used.

For calculation of the vapor-phase heat-transfer coefficients,
the Chilton-Colburn analogy between mass and heat transfer
is used. For the calculation of the liquid heat-transfer coeffi-
cients, the penetration theory is used.

Reaction. A reaction rate expression along with kinetic
parameter data are required for evaluation of the reaction
rates. For calculation of the reaction volume in heteroge-
neous systems, the total catalyst mass present on a stage, and
the catalyst activity, have to be specified. For a homogeneous
system, the reaction can take place in the liquid bulk and in
the liquid transfer film. The reaction volume of the liquid
bulk is taken to be the total liquid inventory on a tray. This is
obtained by multiplying the clear liquid height by the active
tray area. The clear liquid height is calculated from the

Ž .semi-empirical correlation due to Bennet et al. 1983 . The
film volume is the product of the interfacial area and the
liquid film thickness, which is obtained from

k
Ld s 43Ž .

]D

In which k and ]D are average values for the binary pair
mass-transfer and diffusion coefficients.

Steps and Cells. The following degrees of freedom result
from the cell description:

v Number of cells in a liquid flow branch
v Number of cells in a vapor flow branch
v Number of discretization steps in the liquid film
v Number of discretization steps in the vapor film
v Mixing flow rate.
The number of cells in both flow paths depends on the

flow model under consideration. The appropriate number of
cells depends on the configuration and operating conditions
used. In a column simulation, one would typically first do
column calculations without assuming staging in the liquid
flow direction. From these calculations, one can obtain infor-
mation about the hydrodynamic conditions on the stages.
These can be used to evaluate an axial dispersion coefficient,
employing a semi-empirical correlation. These axial disper-
sion coefficients can be used to estimate the number of cells
required for description of flow behavior on a distillation tray.
The vapor flow is normally assumed to be in plug flow and
may be modeled by using at least five cells in the vapor flow
direction.

The vertical liquid mixing flow rate should be such that the
bulk liquid concentrations of all cells in a vapor foot path are

equal. This is usually satisfied if the mixing flow rate is taken
to be three to four times the stage flow rate.

In choosing the number of discretization steps we would
like to combine accuracy and calculation speed. In nonreac-
tive systems, where concentration gradients are typically not
very large, one or two discretization points in both the vapor-
and liquid-transfer films are usually sufficient. In these cases,
the model by Kooijman and the model presented here give
the same results. For systems with reactions, or for systems
with strong thermal effects in mass transfer, more points
should be specified.

Sol©ing the model equations
Newton’s method is used for solving the model equations.

Details of the implementation are essentially as described by
Ž .Taylor et al. 1994 .

Simple Distillation Column
To test the cell model, we have done some simulations for

a depropanizer as described in detail by Kooijman and Tay-
Ž .lor 1995 . The number of discretization points in the vapor-

and liquid-transfer films was set to five. Assuming both vapor
and liquid are perfectly mixed, both models give identical re-
sults.

Calculations were also done for the depropanizer to deter-
mine the number of cells needed to adequately describe plug
flow in the vapor. Theoretically, the number of cells in this
the vertical direction should go to infinity. However, our cal-
culations suggest that the changes in column behavior due to
adding cells are very small after the fifth cell. Plug flow in the
liquid phase is only achieved when the number of cells in the
liquid flow direction goes to infinity. As was observed above,
changes in column behavior due to additional cells are very
small after adding the fifth column. Differences between
Kooijman’s model and the presented model can be attributed
to the different interface descriptions, as discussed above.
Differences between the cell model and Kooijman’s model
can be attributed to the different interface descriptions. In
Kooijman’s model the interface concentration is fixed over
the froth height. We find that the interface concentration may
change by up to 50% of its average value over the froth height
for species that have a relatively low concentration.

Reactive System
One of the principal reasons for the development of the

third generation nonequilibrium model, described in this arti-
cle, is to be able to model reactive separation processes more
accurately. Some preliminary results obtained with this model

Ž .are presented by Higler et al. 1998, 1999a,b .
We will use a reactive system that is similar to one consid-

Ž .ered by Okasinski and Doherty 1998 to test the influence of
the flow patterns. The following reaction takes place

2 A™ BqC 44Ž .

A typical reaction system fitting this scheme is the meta-
thesis reaction of 2-pentene to 3-hexene and 2-butene. Physi-
cal and thermodynamic properties of this system will be used
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in the remainder of the calculations. Reaction kinetic data 
were taken from Hughes (1970). The overall reaction rate is 
given by (Okasinski and Doherty, 1998) 

with the following rate constants 

and 

We have chosen to use the following configuration: A 25-stage 
column with a liquid feed of pure 2-pentene to stage 13 
(counting from the top). The feed rate is fixed at 10 mol/s. 
The condenser and column top pressure are fixed at 101.3 
kPa, while the stage pressure drop is calculation due to Ben- 
nett et al. (1983). The top product flow rate was fixed to half 
the feed rate. The boilup ratio was varied in a parametric 
study, as was the number of cells. For calculation of thermo- 
dynamic properties, the Peng-Robinson equation is used. Re- 
action rates are calculated using the kinetic expressions as 
given by Eq. 45 to Eq. 47. Mass-transfer coefficients are eval- 
uated using the AIChE (1958) method. 

Calculations 
Calculations were done for the above column in which the 

boilup ratio was varied from five to ten. The cell configura- 
tions used were: (1) A single cell per stage (corresponding to 
both phases perfectly mixed), (2) a single column of cells (ap- 
proximating vapor plug flow through a well mixed pool of 
liquid), and (3) multiple columns of cells (approximating va- 
por rising in plug flow through the liquid in plug flow across 
the tray). 

All calculations were done in design mode, using single pass 
sieve trays with conventional downcomers. The calculated 
column diameters range between 1 m for a boil-up ratio of 
five and 1.3 m for a reflux ratio of ten. The calculated flow 
path lengths range between 0.78 m and 0.91 m. Figure 4 shows 
the conversion of butene as a function of the reflw ratio for 
the three flow models. The differences between the models 
are quite substantial, especially since reactive distillation is a 
high purity business. The best performance is obtained with 
cell configuration three. Increasing the reflux ratio should be 
avoided at all cost since it will require a larger column and 
additional reboiler and condenser duties. 

Cells or not 
It would be useful to know if this very detailed way of de- 

scribing the reaction and mass-transfer processes is really re- 
quired. The calculations become substantially more time con- 
suming on adding more and more cells. Thus, we need to 
determine the exact influence of the cell description on the 
overall production rate, particularly for the liquid flow mod- 
els. Two different effects need to be separated here. First, 
there is the effect of staging in the liquid flow direction on 
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Figure 4. Conversion as a function of boilup ratio for 
various flow models. 

mass transfer, and, secondly, the effect of staging on the local 
concentrations along the liquid flow path, and, through that, 
on the production rates. If the influence of the latter is not 
significant, a much smaller model may give usable results. 

Such a smaller model may be obtained by extending the 
model of Kooijman and Taylor (1995) to take into account 
chemical reactions. Assuming the reaction takes place only in 
the bulk liquid, only the overall mass and component bal- 
ances for the liquid phase have to be modified. This implic- 
itly assumes there is no direct interaction between mass 
transfer and reaction. 

Figure 5 shows the conversion of 2-pentene as a function 
of the reflux ratio, assuming vapor and liquid plug flow, for 
both models. The differences are small and will, in the high 
conversion region, fall within the range of accuracy for both 
models. Although the simplified model has some fundamen- 
tal weaknesses, it may in some cases offer a fast alternative to 
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Figure 5. Comparison of cell model to modified Kooij- 
man (1995) model extended with bulk liquid 
reaction. 
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the cell model. Some caution is in order however: The simpli-
fied model should not be used for systems in which very fast
reactions occur, such as acid gas stripping. In such cases mass
transfer is very strongly influenced by the reaction.

Nonequilibrium model ©s. equilibrium model
Based on the previous observations, one might argue that

it is possible to save even more calculation time by reverting
to an equilibrium stage approach. There are, however, some
objections to this approach. The most important one is the
fact that there is no correct way of linking a theoretical equi-
librium stage to a real tray. This is normally done by means
of an efficiency factor, and the most commonly used is the
Murphree vapor phase efficiency defined by

y y yi , j i , jq1M VE s 48Ž .Uy y yi , j i , jq1

in which y is the composition of the vapor below thei, jq1
tray, y is the composition of the vapor above the tray, andi, j
yU is the concentration of vapor that would be in equilibriumi, j
with the liquid bulk on the tray. This may be replaced by
K ? x to givei i, j

y y yi , j i , jq1M VE s 49Ž .
K ? x y yi i , j i , jq1

The liquid-phase mole fraction will not only change due to
mass transfer, but also due to the reaction. Figure 6 shows
the actual efficiency profiles, back-calculated from column
concentration profiles obtained with the nonequilibrium
model. Although it is a well known fact that in multicompo-

Figure 6. Efficiency profiles for reactive system calcu-
lated from nonequilibrium model results.

nent systems these efficiencies tend to misbehave, there are a
few remarkable things to the profiles in Figure 6.

The efficiencies of pentene just above the feed are much
higher than just below the feed. This is due to the fact that,
above the feed, pentene is a relatively heavy component, and,
below the feed, it is relatively light. Furthermore, it is a reac-
tant. Below the feed, where pentene is relatively light, the
vapor-phase concentration on the tray above will be larger
than the vapor-phase concentration of the tray below. This
means that the numerator of Eq. 48 will be larger than zero.
The same will usually be the case for the denominator. How-
ever, because it is reactant, there will be consumption of pen-
tene, lowering its mole fraction. This means that the numera-
tor will be smaller than for a system without a reaction, re-
sulting in higher measured efficiencies. Similar considera-
tions can be given for the rectifying section. The result of all
this is that if component i is a reactant and is relatively light,
the measured efficiency will be higher than normal. However,
if component i is a reactant but now relatively heavy, the
measured efficiency will be lower than normal.

Similar considerations apply to products. For a relatively
light product, lower efficiencies are to be expected, and for a
heavy product we expect to see a higher efficiency. Clearly,
the efficiencies are reaction dependent, which makes them
difficult to predict. Using an efficiency model for a reactive
distillation column is, therefore, not recommended.

Acetic Anhydride Reactive Distillation
The first work in the field of integrating a liquid flow model

in a numerical model for a reactive distillation column was by
Ž .Alejski 1991 , who modeled the system water, acetic anhy-

dride, and acetic acid. The modeled column was part of a
plant for the production of acetic anhydride described by

Ž .Marek 1956 . The objective of the column is to separate wa-
ter and acetic anhydride to avoid hydrolysis of the anhydride
to acetic acid. Conversion of acetic anhydride should be
avoided as much as possible.

Alejski uses a model in which the liquid phase on a tray is
split up in a number of equilibrium cells along the liquid flow
path. To take into account mass-transfer effects, locally eval-
uated point efficiencies are used in the phase equilibrium
calculation of each cell. The number of cells was evaluated
from expressions for the eddy diffusivity. Alejski found that
the conversion of anhydride as calculated assuming a per-
fectly mixed liquid phase was higher than when assuming that
the liquid flows in plug flow across the tray. The numerical
model was tested against experimental data for a bubble cap
column of 0.6 m diameter, containing 30 bubble cap trays,

Ž .with a total height of 10 m Marek, 1956 .

Reaction
The reaction equation is

CH CO OqH O™2CH COOH 50Ž .Ž .3 2 32

The reaction is assumed to be irreversible and the reaction
rate equation is given by

r s k ? c ? c 51Ž .c ŽCH CO . O H O3 2 2
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Table 5. Feed Properties for Acetic Anhydride Column

Pressure 53.0 kPa
Temperature 290 K
Flow rate 0.92 molrs

Component Mole Fractions

Acetic anhydride 0.161
Water 0.484
Acetic acid 0.355

Ž .The reaction rate constant is given by Marek 1956

6,887.7
ln k s11.742y 52Ž .Ž .c T

Configuration
The column has 30 trays with a total condenser and a par-

Ž .tial reboiler a total of 32 stages with a feed to stage 16. The
column diameter was set to 0.6 m during the calculations.
The condenser pressure is 53.0 kPa. The reboiler pressure is
54.2 kPa. The column is operated at a reflux ratio of 5.18 and
a bottom product flow rate of 0.43 molrs. Feed specifications
are given in Table 5.

Thermodynamic data
A limited quantity of vapor-liquid equilibrium data is pro-

Ž .vided by Marek 1956 . These data were obtained only in a
very small region of the ternary triangle, that is, nevertheless,
representative of the compositions observed in the actual col-
umn. We have correlated these data with the Wilson equa-
tion, for which the relative differences between the experi-
mental and calculated VrL-equililbrium compositions were
minimized. The parameters used here are given in Table 6.

Calculations
Calculations were made for the above system with our

nonequilibrium model. With the specifications given above,
the trays operate at a flooding fraction of about 0.18. This
operating point falls outside the range of applicability of all
published hydrodynamic correlations. This means that the
predictions for parameters such as the interfacial areas, clear
liquid heights, and mass-transfer coefficients will not be reli-
able, and may have to be adjusted to fit the experimental
data. Initial calculations suggest that an acceptable fit of ex-
perimental data was obtained by multiplying the estimated
clear liquid height by 0.4 and the estimated mass-transfer co-
efficients by 0.5. Subsequent calculations were done for the
three different flow models described above. Concentration
profiles are presented in Figure 7. The shift in the concentra-

Table 6. Wilson Parameters Acetic Anhydride–Water–
Acetic Acid System

Ž . Ž .Component i Component i a Jrmol a Jrmoli, j j, i

Acetic anhydride Water 2,214.3 5,024.6
Acetic anhydride Acetic acid y407.2 3,323.7
Water Acetic acid 4,714.4 y4,062.78

Figure 7. Column concentration profiles for acetic an-
hydride-water-acetic acid system.

tion profiles due to increased staging in the vapor and liquid
flow paths follows the trends as observed by Alejski. Table 7
shows that there is a drop in conversion with increased stag-
ing in liquid and vapor flow directions. This should be no
surprise from a mass-transfer perspective. In the system un-
der consideration, water is the lightest and acetic anhydride
is the heaviest component. The mass-transfer rates for each
species are shown in Figure 8. In the top section, where the
mixture consists mostly of water and acetic acid, we see that
increased staging leads to a higher rate of transfer of water

Ž .from the liquid to the vapor phase negative direction . At
the same time, there is increased transfer of acetic acid from

Ž .the vapor to the liquid phase positive direction . Similar be-
havior is seen at the feed stage.

Below the feed stage, however, the trends are reversed.
Here, staging seems to reduce the mass-transfer rate of wa-
ter. The reason for this is offered by the concentration pro-
files. Due to the improved performance of the top section,
there is not much water left below the feed stage. Thus, the
mass-transfer rates drop due to staging. In the bottom stages
of the column, acetic acid moves from the liquid into the
vapor phase, while acetic anhydride moves from the vapor
into the liquid phase. Here, increased staging leads to higher
mass-transfer rates and improved performance.

As a result, the concentrations of water and acetic anhy-
dride will be lowered in the center of the column, thereby
reducing the reaction rate and the consumption of acetic an-
hydride. The consumption rate of acetic anhydride is shown
in Figure 9. The expected effects are clearly visible. Particu-
larly below the feed stage, the consumption rate has dropped
considerably, due to the lower concentration of water.

Table 7. Conversion of Acetic Anhydride for Various
Flow Models

1 Cell 0.58
Ž .5 Cells vapor plug flow 0.51

Ž .4=4 Cells vapor and liquid plug flow 0.45
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Figure 8. Column mass-transfer rate profiles for acetic
ahydride-water-acetic acid system.

Conclusion
We have developed a generic nonequilibrium cell model

Ž .for multicomponent reactive distillation tray columns. Im-
portant model features are the use of the Maxwell-Stefan
theory for the description of interphase mass transfer, the
use of a multiple cell per stage approach for the description
of various flow models, and the possibility of incorporating
reactions.

A finite difference approach was used for solving the
Maxwell-Stefan equations. This was done in order to be able
to take directly into account the effects of reactions on mass

Figure 9. Consumption rate of acetic anhydride.

transfer. The multiple cells per stage approach was adopted
to be able to take into account the effect of local concentra-
tion and temperature profiles on a tray on the local reaction
rates.

The nonreactive model was tested with case studies de-
Ž .scribed by Kooijman 1995 . It was found that the influence

of the number of discretization points for the infinite differ-
ence approximation of the Maxwell-Stefan equations was not
significant for these systems. In these cases, concentration
profiles are not very steep and the use of one discretization
point gave very good results in all nonreactive cases. This
may not be true for reactive systems. Reactions can influence
the concentration profiles significantly and caution should be
used when specifying a number of discretization points. This
is especially true for systems with very fast reactions.

The cell approach to flow pattern modeling was tested by
comparison to the model presented by Kooijman. Here only
minor differences were found between Kooijman’s model and
the nonequilibrium cell model. These differences were only
found for cases in which it was assumed that the phases are
not perfectly mixed. This is due to the different interface
concentration descriptions for the various flow models. In his
vapor plug-flow model, Kooijman assumes that the interface
mole fractions of the various components do not change over
the height of the froth. We have found a change of as much
as 50% in some cases.

In addition, calculations were presented for two reactive
systems. In both cases, a significant influence of staging in
both vapor and liquid flow paths was found.

There is a growing body of evidence that suggests that
nonequilibrium models are capable of superior predictions of
actual column behavior compared to efficiency-modified
equilibrium stage models. The nonequilibrium models of

Ž . Ž .Krishnamurthy and Taylor 1985 and of Taylor et al. 1994 ,
as well as equilibrium stage models, are special cases of the
more general model developed here. Thus, the present model
is capable of predicting the performance of actual columns at
least as well as these earlier models.
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Notation
asinterfacial area, m2

cstotal number of components
]DsMaxwell-Stefan diffusion coefficient, m2 ? sy1

D saxial dipersion coefficient, m2 ? sy1
e

E M V sMurphree vapor-phase efficiency
HH L spartial molar liquid enthalpy of component i, J ?moly1

i
HHV spartial molar vapor enthalpy of component i, J ?moly1

i
k sconcentration based reaction rate constant, m3?moly1 ? sy1

c
k sforward reaction rate constant reaction m, mol ?my3 ? sy1

m ,™
k sbackward reaction rate constant reaction m, mol ?my3 ? sy1

m ,§
n snumber of cells per stagec
n snumber of stagess
n snumber of discretization points in the liquid film1

n snumber of discretization points in the vapor film2
PesPeclet number

r stotal number of reactions
x S sliquid mole fraction of component i on stage ji, j
y S svapor mole fraction of component i on stage ji, j

zscoordinate direction
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g sactivity coefficient of component ii
Gsthermodynamic factor
d sfilm thickness, m

d sKronecker delta, 1 of is k, 0 if i/ ki,k
k sbinary pair mass-transfer coefficient components i and j, m ?i, l

sy1

Superscripts
)sindicating equilibrium
ysaveraged value
Cscell quantity or property
F sfeed quantity or property
Isinterface quantity or property

Lsliquid phase quantity or property
Msmixing flows

MV sMurphree vapor phase
Ssstage quantity or property
V svapor phase quantity or property

Subscripts
Isevaluated at interface

c sbutene4
c spentene5
c shexene6

Ž .k,m scell index
lsreaction index

spec sspecification
tstotal
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